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Computational Fluid Dynamics (CFD) can be used to investigate local reaction rates
and gas-liquid mass transfer in agitated aerobic fermenters, but it is too slow for the
simulation of a whole fermentation batch at present computational capabilities. This
problem is addressed in the present work by developing a dynamic model with 42
subregions for a 0.64 m® pilot xanthan fermenter. The model considers local reaction and
mass transfer rates in the fermenter and the change of liquid flow fields during the
fermentation. Gas-liquid mass transfer fluxes are calculated based on the simplified
solution of Maxwell-Stefan diffusion by assuming the mass transfer resistance in both the
gas and the liquid side of the gas-liquid interface. Gas-liquid mass transfer areas are
obtained from Population Balances (PB) for bubbles. The comparison of model predic-
tions to the laboratory stirred tank experiments with aqueous xanthan shows the need of
local bubble size distributions (BSD) for the description of complex gas-liquid hydrody-
namics and mass transfer. The model predicts the effect of operating conditions on the
temporal and spatial variation of BSDs, mass transfer coefficients, dissolved oxygen
concentrations, and xanthan reaction rates in the fermenter. It can be used to investigate
fermenter operating strategies. The model is also useful for the scale-up studies. © 2006
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Introduction

Agitated aerobic fermenters are widely used in the biotech-
nology, food, and pharmaceutical industries. Agitation im-
proves mixture homogeneity and enhances heat and mass trans-
fer, improving the reactor performance. Gas-liquid mass
transfer limitations, non-ideal mixing, and time-dependent
physical properties make the design and scale-up of large
aerobic fermenters problematic.'> Computational Fluid Dy-
namic (CFD) tools are useful for the investigation of local
hydrodynamics, reaction rates, and mass transfer, but they
cannot be used to simulate a whole fermentation batch at
present computational capabilities. The computation time be-
comes critical, especially when reaction kinetics, rigorous gas-
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liquid mass transfer, and population balances must be solved
simultaneously. The use of multiblock (or “compartmental” or
“zone”) models is an alternative approach. Multiblock models
have been applied in many studies for the investigation of local
gas-liquid hydrodynamics in stirred tanks,3-1° although in most
studies the liquid flow field is assumed to be stationary. In
some recent works, multiblock models have been integrated to
the CFD programs.'!-14

Xanthan gum is an extracellular polysaccharide, which has
widespread commercial applications as a viscosity-enhancer
and stabilizer in the food and pharmaceutical industries. Xan-
than is produced typically in agitated gassed vessels.!>17 It is
generally agreed that poor bulk mixing and low oxygen transfer
rates from gas to liquid are the bottlenecks of xanthan fermen-
tation.'®18:1° The deficiency of oxygen occurs most likely in the
stagnant zones of the reactor. This causes inefficient use of
reactor volume and may result in poor gum quality.?° The broth
viscosity changes dramatically during the fermentation. Ini-
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tially, the broth is similar to water, while at the end it becomes
highly viscous and shear-thinning with a yield stress. The
changing physical properties alter the flow field, local reaction,
and mass transfer conditions in the fermenter. The measure-
ment of local conditions from an opaque, viscous fermentation
broth is difficult. Physical reactor models that consider local
gas-liquid hydrodynamics and reaction rates are, hence, valu-
able tools for the investigation of fermenters.

In the present work, local reaction rates and gas-liquid mass
are investigated in a 0.64 m® pilot xanthan fermenter by using
a dynamic multiblock model. The emphasis is put on the
physical aspects of bioreactor modeling. Population balances
for bubbles and a rigorous mass transfer model are validated
against laboratory stirred tank experiments with aqueous xan-
than solutions.

Experimental Procedures

Gas-liquid hydrodynamics and oxygen mass transfer were
measured from aqueous xanthan (Keltrol BT) solutions in a
194 dm? laboratory stirred tank (H = T = 0.63 m). Various
phenomena were investigated separately to minimize their in-
terdependencies. The vessel was fully baffled and agitated by
Rushton turbine (D/T = 1/3). The impeller was located at
height H/3 from the bottom of vessel. Surface baffles were
included to avoid surface aeration. Gas was injected to the
bottom, below the impeller through a 0.16 m ring sparger,
which includes 12 holes of diameter 2 mm. The investigated
variables were xanthan concentration (0-2.7 wt%), gassing rate
(Q = 0.1-0.9 vvm), and agitation speed (155-475 rpm, 0.1-3
W/kg(liquid), Re; = 200-3.5:10°). The measured quantities
included liquid viscosity, overall gas holdup, local bubble size
distribution, power consumption of mixing, and oxygen mass
transfer. Gas holdup was measured from the change of liquid
level. Viscosities were measured with a Brookfield LV-E vis-
cometer. Gassed power consumption was measured from the
angular momentum with a strain gauge.

The dynamic gassing-out method?' was used to investigate
oxygen transfer. A polarographic probe (LT Lutron, DO-5510)
was used to measure dissolved oxygen concentration. The
actual fermentation broth was mimicked by including 20 g/L
lactose, 2.5 g/ KH,PO,, 2.5 g/L (NH,),SO,, 1.5 g/L. Na,S,05,
and 0.2 ml/L defoamer (Structol SB2121) to the xanthan solu-
tions. The measured surface tension against air was 42 mN/m
for this mixture.

Local bubble size distributions were investigated by digital
photography from aqueous xanthan without lactose or electro-
lyte additives. Due to opaque dispersion, photographing was
possible only near the wall. The photographs were taken at four
heights between the bottom and the surface of dispersion. The
BSDs were analyzed by identifying 500-1500 bubbles manu-
ally as ellipsoids. A challenge was to identify a statistically
relevant sample of both small and large bubbles for the BSD.
The identification was made in two parts. The smaller than 1
mm bubbles were identified from a 5 X 5 mm? area and the
larger bubbles from a 100 X 150 mm? area of photograph. The
identifications from the small and large area of photograph
were then combined to a BSD by area weighting. Identifying
bubbles from at least five photographs should minimize the
transient effects. The particle analysis tool of ImageJ 1.32
freeware was used to convert the ellipsoids in thresholded
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images to the BSDs. The 6.5 Mpix resolution of the digital
camera allowed the detection of larger than 0.1 mm diameter
(~5 pixels) bubbles.

Xanthan Fermentation Kinetics

Unstructured kinetic models have been used most commonly
to describe xanthan fermentation.?2 In these models, a micro-
organism is considered as an abstract thing called biomass, but
often some essential nutrients, such as nitrogen source and
oxygen, have been neglected.?*> The metabolically structured
kinetic model of Garcia-Ochoa et al.'”-2* is used. The model
considers the growth of biomass and the consumption of car-
bon source and oxygen while it is still rather simple. The
oxygen consumption links the xanthan production rate to the
gas-liquid mass transfer. The reaction rate equations are rep-
resented below in a simplified form by substituting the kinetic
constants at the temperature 28°C.

Biomass (B) growth rate

Cp
Cpo +6.073 - Cno
(D

rp=0.535-c3(0.16466  cy + cNo)<1 -

Xanthan gum (X) production rate
ry=6.0682+10% cp,c(7.1644- 1073 + 1344 - ¢c,)  (2)
Carbon (S) source consumption rate

r¢= —1.1581ry — 985.95 * c(,c5(0.9744 — 4811.6 - cp)
—5.4945-r; (3)

Oxygen (02) consumption rate

Fo» = —3.2496+ 10" ry — 32.865 0y * ¢
—7.0413-10 31, (4)

Nutrient (N) consumption rate
ry= —0.16466 - ry 5)

The production of carbon dioxide is included, because it
reflects the cell respiration and is often monitored from the
fermenter off-gas. In general, dissolved carbon dioxide may
also influence the cell metabolism.?> The production rate is
taken to be equal to the oxygen consumption rate. The carbon
mass balance analyses support this assumption.'®

T'coo = “Ton (6)

The kinetic model predicts that initial concentration of a
nutrient limits the biomass growth. The xanthan production
rate depends on the microbial and the dissolved oxygen con-
centrations. A pitfall of the kinetic model is that xanthan
production can continue even after the carbon source has been
consumed. Also, the consumption of oxygen can continue even
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when dissolved oxygen is not available. These deficiencies are
considered in the model implementation by enforcing the xan-
than production and oxygen consumption rates to zero in the
case when carbon source and dissolved oxygen have been
consumed.

Water and nitrogen are included as non-reacting compounds
to the investigated model system. Similarly, as oxygen and
carbon dioxide, they are assumed to transfer between gas and
liquid. It is noted that actual xanthan fermentation broths are
much more complicated, including numerous organic com-
pounds and salts.??

CFD Simulations

Eulerian gas-liquid CFD simulations (CFX 5.7) were made
to obtain liquid flow fields in the laboratory stirred tank and
pilot fermenter for the multiblock model. The pilot fermenter is
a fully baffled vessel (T = 0.8 m, H = 1.6 m, liquid level at
1.3 m). It is agitated by three Rushton turbines (D; = 0.25 m,
D/T = 0.31). Gas is injected to the bottom of the vessel below
the impeller through a 0.04 m diameter pipe.

Both laboratory vessel and fermenter were modeled as 180°
segments with grids of 100,000 volume elements. Due to
convergence problems, the gas feed pipe in the fermenter had
to be modeled as a 2D-ring sparger. The SST turbulence model
in the CFX-5.7 and the Multiple Reference of Frames (MRF)
technique of impeller motion were used in the simulations. The
shear-thinning behavior of aqueous xanthan was described by
the model of Carreau?®:

Poefp = Moo 27n—1)/2

=l )
where xanthan concentration dependent parameters are ., =
0.001, o = 0.001 + 93+(cx/wt%)*®, n = 1.0-0.8(cx/wt%)*"",
A = 0.72 + 19:(cx/wt%)>'. They were adjusted against vis-
cosity measurements covering 150 measurement points and the
xanthan concentration range 0.1-2.7 wt%.

The effects of viscosity on the liquid flow field were inves-
tigated. The 194 dm?® laboratory stirred tank was simulated at
xanthan concentrations 0, 0.25, and 0.75 wt%, stirring speed
390 rpm, and gassing rate 0.5 vvm. The bubble sizes used were
2.5, 5, and 10 mm, respectively. The pilot fermenter was
simulated at stirring speed 500 rpm and gassing rate 0.5 vvm at
xanthan concentrations 0, 0.25, 0.75, 1.5, 2.0, and 2.5 wt%.
The bubble sizes were 2.5, 5, 10, 13, 16, and 19 mm, respec-
tively. Careful selection of bubble size was important because
of the easy gas accumulation due to low rise velocities of
bubbles in a highly viscous liquid. Due to the same reason, the
swarm correction presented in our earlier study?’ was included.
The CFD simulations showed that a fixed bubble size is not
adequate for describing highly viscous gas-liquid flows. The
predicted flow fields were used for the multiblock modeling
because experimental information was not available.

Multiblock Stirred Tank Modeling

The laboratory and pilot vessel were divided into subregions
based on the analysis of CFD simulation results. A heuristic
approach was adopted because the development of automated

AIChE Journal May 2006 Vol. 52, No. 5

Published on behalf of the AIChE

algorithms'3'4 was outside the scope of the present work. The
following criteria were applied for the compartmentalization:

e The subregions are arranged so that the main directions of
liquid and gas flow can be described by a minimum number of
subregions.

® Spatial inhomogeneity of a variable should be minimal
inside a subregion.

e The gradient of a variable should remain nearly constant
along the subregion interface.

® The model should be applicable for varying xanthan con-
centrations.

The created multiblock models for the laboratory stirred tank
and pilot fermenter are presented in Figures la and 1b. The
laboratory stirred tank model includes 21 subregions and is
used for the submodel validation against the experiments. The
pilot fermenter model includes 42 subregions.

The present modeling strategy was discussed in our earlier
studies, %28 but is represented shortly to introduce some addi-
tional features for the fermenter modeling. The model consists
of NB ideally mixed subregions for which dynamic gas and
liquid molar balances (2:NC-NB) and discretized population
balances (NP-NB) for bubbles are solved. Scalar component
balances (NS'NB) are included to describe biomass, xanthan,
carbon source, and nutrient, because these components cannot
be modeled easily as conventional chemical species with well-
defined physical properties.

Local dissipation rates of mixing energy, and liquid flow
rates between the subregions are related to the gassed power
consumption of mixing. Gray?® has shown that for rotating
turbine impellers liquid flow rates (F"; = F,/N-D,’) are pro-
portional to the power number as

N,
F% = F% "% 8
ie = Fliay ®)
This relationship has been adopted in some later studies.*3°
Local dissipation rates of mixing energy are scaled similarly.
Other sources of local turbulence energy dissipation are the
kinetic energy of gas injection and the decrease of hydrostatic
pressure in the bubbles as they rise.
The change of liquid flow rates is related to the xanthan
concentration by power law fitting:

F?; = F";exp(aijcx + bijc)z()’ (9)

where F‘,’j is the flow from subregion i to j in water without
xanthan. Parameters a;; and b;; are adjusted against CFD sim-
ulations at varying xanthan concentrations. The fitted volumet-
ric flow rates are constrained so that the sum of inflows is equal
to the sum of outflows for each subregion (2F";; = 3F ).
The fitted flow fields showed generally smaller than 10%
relative errors at varying xanthan concentrations compared to
the CFD predictions. An example of fermenter flow field is
presented in Figure 1b. The model predicts the cavern forma-
tion, which is a well-known phenomenon in agitated shear-
thinning fluids.3! The liquid flow rates decrease in the middle
between impellers and near the surface of dispersion at high
xanthan concentration. At the bottom of the vessel, impeller
discharge flow is directed towards the bottom of the vessel at
low xanthan concentration but becomes radial at higher than 2
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Figure 1. The division of (a) laboratory stirred tank and (b) 0.64 m® pilot fermenter into subregions with the predicted
liquid flow field (cx = 2 wt%, Q = 0.5 vvm, N = 500 rpm).

wt% xanthan concentration, being similar to the middle and top
impellers.

Local turbulent energy dissipations and shear rates vary with
the xanthan concentration and are fitted to the CFD results
similarly as flow rates. Dissipation rates are scaled so that their
volume integral is equal to the measured power consumption of
mixing. Local shear rates are made dimensionless by scaling
them with the stirring speed. The fitting predicts that local
turbulence dissipations and shear rates decrease with the in-
creasing xanthan concentration in the stagnant zones of the
reactor close to the liquid surface, and in the horizontal middle
planes between impellers. Dynamic pressure gradients at the
interfaces between subregions can be positive or negative and
are fitted by a linear relationship instead of the power law.
They are scaled to the second power of stirring speed according
to the Bernoulli’s equation.

Bubble velocities consist of the transportation due to con-
vection and slip:

F,
Tt Usips (10)

i

Uk:

where A;; is the area over which liquid flows from subregion i
to j. The flow rate is assumed to be bi-directional. The values
of A; vary with the flow field and are described by power law
fitting to the CFD results. The sum of A;; and Aj; is constrained
to the actual contact area between two subregions. The flow of
bubbles due to slip is assumed to cause a backward pumping of
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liquid so that gas and liquid flow are two-way coupled. This
also ensures that relative volumes of subregions do not change
due to bubble slip.

The volumes of subregions are allowed to vary in the
multiblock model. They are obtained from the molar volumes
and material balances in a subregion. Molar volumes of gas and
liquid are related to the known local mole fractions, tempera-
ture, and pressure according to the density correlation for liquid
and the equation of state for gas. The relative volumes of
subregions are forced to follow material balances and phase
densities so that they remain unchanged. This necessitates an
additional term to the impeller speed independent liquid flow
rates. The excess volume in a subregion causes the increase of
liquid flow rate as follows:

Frepr ol (Vo V)t (11)
ij ij.0 NB Alj Vi V. T

0

where T is a relaxation parameter that describes the residence
time of extra volume in a subregion. This parameter is needed
because momentum balances (i.e., the fluid flows) are not
solved in the multiblock model. Eq. 11 is needed also because
gas inlets and outlets from a subregion cause volume changes.

The model is solved by using the Gill’s modification of the
4th order Runge-Kutta ODE-solver. The solver has an adaptive
time step, which is adjusted based on the computation accu-
racy. Accuracy is tested comparing the result of single and
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double increment of the time step. Numerical methods for stiff
ODEs (VODE package in www.netlib.org) showed no im-
provement in the computation speed, thus indicating that the
system of equations is not stiff. The solution of mass transfer
fluxes and bubble slip velocities introduces non-linear alge-
braic equations to the model. They could be solved simulta-
neously with ordinary differential equations as a DAE system.
Newton-Raphson iteration of mass transfer fluxes and slip
velocities inside the reactor model is, however, preferred, be-
cause a good initial guess from previous time step ensures their
convergence typically within just a few iterations. Due to slow
dynamic change of the flow field, it is also possible to decrease
the updating frequency for most quantities, which saves some
computation time. Turbulent energy dissipations, shear rates,
pressure gradients, internal flow rates, reaction rates, bubble
slip, and breakage and coalescence rates are not updated at
every time step. All values must then be saved to the work-
space vector during these updates, but computation speed in-
creases significantly without reducing the accuracy.

Population Balances for Bubbles

Bubble size is a key parameter for the description of gas-
liquid hydrodynamics and mass transfer. The present experi-
ments, as well as earlier studies,??-33 have shown that assuming
an average bubble size is a rough approximation in the stirred
tanks and especially in highly viscous liquids. The modeling of
bubble size distributions is, hence, preferred.

Population balance is a generalized approach for describing
local bubble size distributions.3*-3¢ The BSDs are solved from
discretized population balances for each subregion of the
multiblock model:

ay, uvaAy, X
A= SRR N B(d,, dy) g(d,)Y,Ad
dt V;
p=k+1
#(Vpl2)

+ E h((dz - d;))l/fﬁ’ dp) YkYp - g(dk) Yk
p=1
#(Vvp— Vi)
—-Y, > h(d,d)Y,+

p=1

A(b(d)Yy)
Ad -

The balance equation includes: (i) the convective/slip flow of
bubbles in and out of the balance region, (ii) the birth of
bubbles by breaking and coalescing, (iii) the death of bubbles
by breaking and coalescing, and (iv) the growth of bubbles.
Physical closure models for the breakage and coalescence rates
and an appropriate bubble size discretization strategy are
needed to close the population balance.

Bubble slip velocity

Relative velocities (slip) between bubbles and liquid are
solved from the force balance on bubble motion:

1 _
(pc—pp)g v Z—Vp-v= EAhCDpCUslip|U:lip

, (13)
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where buoyancy and dynamic pressure gradients act as driving
forces, and drag is the resisting force of the bubble motion.

Fermentation broths include electrolytes and surface-active
agents, which immobilize the bubble surface. Tzounakos et
al.?7 investigated the effect of surfactants on the rise of gas
bubbles in power-law non-Newtonian liquids and used the
following correlation for the bubble drag:

24
Re (14 0.173 -Re®®7), Re <135
0.95, Re > 135

(4

where the bubble Reynolds number is calculated by using the
apparent liquid viscosity. The apparent viscosities are calcu-
lated from Eq. 7 based on the assumption that local shear rate
is a sum of liquid and bubble induced shear:

slip

U
v:n+tiﬂﬁ 15)

The liquid induced shear rate is included, in contrast to the
work of Tzounakos et al.3” where bubbles rise velocities were
investigated in stagnant liquids. Bubble aspect ratio is esti-
mated from3s:

1.1, Re - Mo*08 < 4
1.88 - (Re - Mo"¥7%) 036 4 < Re- MoV < 15,
0.66, 15 < Re - Mo 078

E(d) =

(16)

which was developed by fitting against the photographing
experiments with shear-thinning CMC solutions. A character-
istic feature of Eq. 16 is that small bubbles have a streamlined
rear part that leads to the aspect ratio larger than one. Similar
observation was made from aqueous xanthan solutions in the
present work.

Bubble breakage

Bubble breakage depends on the balance between external
stresses that disrupt the bubble and surface stresses that resist
the bubble deformation.?® A bubble breaks if the energy of a
turbulent eddy is larger than the stabilizing surface tension
force. Only eddies with length scales smaller than the bubble
diameter can induce the breakage.

Luo and Svendsen*® developed a widely used phenomeno-
logical model for bubble breakage based on the surface ener-
getic aspects. It has been observed in many later studies*0-+3
that this model depends on the size discretization. The defi-
ciency has been corrected in some recent models by including
capillary pressure constraints,*!**> which, however, lead to
mathematically complicated expressions. The model of Luo
and Svendsen*® is used here with a slight modification. The
dependence on size discretization is avoided by integrating the
breakage rates over all breakup volume fractions:
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1/3 1 1 1+ 2
g(dk>=c,-<1—¢>(;> JJ (5—9

0~ &nin

6ol + (1 —p* ~ 1]

p 82/3d5/3§1 1/3
C k

X exp(— )d&df, 17)

where parameter C, is of magnitude 0.46 and &, is the ratio
of minimum eddy size and bubble size (= A,;;,/d;). The min-
imum eddy size is related to the Kolmogorov’s microscale by
Anin = 11.4((uer/pe)’/e)'"*. The use of Eq. 17 requires daugh-
ter bubble size distribution (“breakage kernel”). The model of
Lehr et al.*? is used:

B(d,, d,)
6 exp(—9/4 - C,[In(2**d, e (pcl o)1) .
< < —
)& 1+ erf(3/2- In[2"5d, e (pcl0)F)) T T =5
- 7 ,
B(d, — d,, d,), E” =d&=d
(18)

It originates from the model of Luo and Svendsen*® and
assumes that the length scale of an eddy is larger than the
diameter of the smaller bubble fragment, which results from
the binary breakage. The model predicts that unequal breakage
is preferred as the size of the parent bubble increases. This
agrees with the pipe flow experiments of Hesketh et al.** An
adjustable parameter C, is included to improve the agreement
against measured local BSDs from aqueous xanthan.

Bubble coalescence

The coalescence is described by combining the frequency of
bubble collisions and the efficiency of coalescence. Bubble
collisions are described based on analogy to the kinetic gas
theory. It is assumed that a moving bubble of size d; sweeps a
“collision tube” with a cross-sectional diameter of di + d,,.
Turbulence is considered as the dominant driving force for
collisions. The collision frequency is calculated from the model
of Coulaloglou and Tavlarides*> with a small algebraic correc-
tion (Alopaeus et al.?®):

h(dy, d,) = Cy+ e"(d + d,)(di” + d,°) "N dy, d,),  (19)

where C; is of magnitude 0.88.3341

Coalescence efficiency is described as a film drainage pro-
cess between the collided bubbles. The coalescence is assumed
to occur if collided bubbles remain in contact for sufficient time
so that the liquid film between them drains out until a critical
film thickness is reached. The mobility of the bubble surface
plays a significant role in the film drainage and is affected by
the presence of electrolytes and surface-active agents,*® which
are present in the fermentation broths. The model of Chesters*’
for bubbles in turbulent flow is adopted:

We
May, a,) = exp(—C4 7/ 2), (20)

1678 DOI 10.1002/aic

Published on behalf of the AIChE

where C, is of magnitude unity. The comparison of Eq. 20 to
some other efficiency models®3434° showed that the predicted
coalescence efficiencies are of the same magnitude as long as
C, is being adjusted.

Bubble growth

The growth of bubbles due to mass transfer is described
according to the first order upwind scheme for the bubble
diameter by a sink term to the next larger or a source from the
next smaller category as:

A(b(d)Y,) By Y _ B Y
Ad U= v | P70 v — Bisy<0
B.Y B.Y,
L B0 _ Tk , (2D
Up+1 = Ui U =™ Uk-1l g g
where the volumetric bubble growth rate is:
NC
B,= ~A, 2 N,V, (22)

m=1

If mass is transferred into the last size category, it grows in
number, but not in diameter. Similarly, if mass is transferred
from the first category, bubble number decreases in that cate-
gory.

Due to low gas solubilities, the growth has a small effect on
BSDs elsewhere but near the gas feed, where dry gas becomes
saturated with water.

Bubble size discretization

In the stirred tanks, number BSDs are skewed strongly
towards small bubble size while a significant fraction of the gas
volume is in the large bubbles.?2>° The higher the number of
size categories, the better is the accuracy of the solution with
the expense of computing time. A denser discretization is used
for the small bubbles than for the large bubbles because this
produces a more accurate solution compared to the equally
sized discretization when the same number of categories is
used. The discretization is calculated from the formulas pre-
sented in our earlier study.!'®

The change of bubble size during the fermentation has to be
considered in the discretization. The liquid viscosity is low and
bubbles are generally smaller than 5 mm at the start of fermen-
tation; while at the end, the liquid becomes highly viscous and
some bubbles may be of the magnitude of the impeller diam-
eter. The adaptive discretization minimizes the discretization
error. The adaptivity is obtained by monitoring the gas volume
fraction in the last bubble size category. If the gas fraction in
the last category exceeds a predefined maximum value, the
integrator is stopped and population balance is rediscretized by
using a larger maximum bubble size. Similarly, if the gas
fraction in the last category decreases below a predefined
minimum value, rediscretization is made with a smaller max-
imum bubble size. The integration is continued after the redis-
cretization from the time when it was stopped. New bubble
populations are obtained by linear interpolation from the old
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ones so that local bubble number and gas volume are con-
served. The adaptive discretization not only improves the ac-
curacy of the solution, but also makes the computation faster.

Gas-Liquid Mass Transfer

Gas-liquid mass transfer fluxes are solved assuming two-film
resistance and Maxwell-Stefan multicomponent diffusion with
the Toor-Stewart-Prober linearization of constant physical
properties in the diffusion path.5! The overall flux and the mole
fractions at the gas-liquid interface are iterated so that the
fluxes are equal and the mole fractions sum to unity at both
sides of the gas-liquid boundary. The approximate formulas of
Alopaeus>3? for the fractional powers and high flux corrections
of mass transfer coefficient matrixes are used to speed up the
calculation. The molar compositions of bubbles and the mass
transfer fluxes are assumed to be independent of the bubble
size. These assumptions are made to avoid excessive compu-
tational cost. The estimates for gas and liquid side mass trans-
fer coefficients are needed to solve the fluxes.

Mass transfer coefficients

Mass transfer coefficients depend on the surface mobility of
a bubble. For the mobile bubble surfaces, liquid side mass
transfer coefficients approach the penetration theory of Hig-
bie.3? For rigid bubbles, they approach the values predicted by
the equation of Frossling>* according to the laminar boundary
layer theory. Surface mobility depends on the bubble size and
the presence of electrolytes or surface-active agents, which
make the bubble surface rigid. Kawase et al.>5 derived a cor-
relation for the liquid film mass transfer coefficients in power-
law fluids based on Higbie’s penetration theory:

£ pe 1/2(14n))
k, = Cs \/ITL (71( > . (23)

The model assumes that the exposure time of the fluid
element is equal to the average replacement time of the viscous
sublayer at the bubble surface. The proportionality constant Cs
is of magnitude 0.3.> Garcia-Ochoa and Gomes®® made the
sensitivity analysis and comparison of Eq. 23 to available
empirical k;a-correlations for fermentation broths and con-
cluded that, in general, the agreement is good. Eq. 23 can be
applied for Carreau fluids by assuming that p.,, << e, o <<
o, and (Ay)> >=> 1 in Eq. 7. The flow indexes then become
equal for the Carreau and power-law fluids. The consistency
index becomes K = poA" ~ .

Gas side mass transfer coefficients are calculated from the
rational approximation for the transient diffusion inside a fluid
particle.5” The bubble life times needed by the rational approx-
imation are estimated from local bubble concentrations and
death rates by breaking and coalescing. Mass transfer areas are
calculated assuming oblate or prolate ellipsoids according to
the aspect ratio correlation (Eq. 16).

Gas-liquid equilibrium

Gas-liquid equilibrium for oxygen, nitrogen, carbon dioxide,
and water is calculated from Henry’s model. Fermentation
broths include organic compounds and electrolytes, which de-
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crease the gas solubility (“salting-out effect”). According to
Sechenov’s relation, the contributions of dissolved compounds
can be assumed to be log-additive at sufficiently low concen-
trations.58:

He. . NC NI
10gl() = = E (hm + hG(’T))Cm + E (hm + hG(n)Cm’
He
water,

m=1 m=1

(24)

where gas specific, temperature dependent solubility parame-
ters h(T) follow a linear relationship:

ho(T) = hgo + he (T — 298.15 K) 25)

The values of solubility parameters have been reported for
most ions and many organic compounds.*®->° Henry’s constants
for slightly soluble gases in pure water are calculated from the
widely accepted correlations.®® For water, Henry’s constant is
estimated to be equal to its vapor pressure.

Results and Discussion
Model validation against stirred tank experiments

Unaerated and Aerated Power Consumption.  The mea-
surements from the laboratory vessel showed that ungassed
power consumption decreases with increasing xanthan concen-
tration as

N, =56—11(cx/w—%) R>=0.88, (26

which applies for the xanthan concentration range 0-2.5 wt%.
Eq. 26 agrees with earlier observations, namely, that ungassed
power numbers are lower in shear-thinning than in Newtonian
liquids at transient flow regime (Re; = 10-2000).19-32:61.62 Tt ig
noted that the decrease of power numbers with increasing
viscosity might result partly from the increasing fraction of
stagnant bubbles in the solution.®?

The gassed power consumption is related to the ungassed
power. Cui et al.** developed the following correlation for the
Rushton turbine impellers, which has been recommended in the
review of Gogate et al.:

P,

_ [1=9.9(0N"¥/D}), ON°®/D? < 0.055 . I
= 10.48 — 0.62(QN"¥/DY), QN*3/D} > 0.055° ' ST units

@

The gassed power numbers from Eq. 27 with ungassed
powers from Eq. 26 are compared to the present measurements
in Figure 2. The comparison shows good agreement.

Bubble Size Distributions.  Bubble size varied in a wide
range from 0.1 mm up to ~100 mm in the laboratory stirred
tank experiments. Typical photographs from 0.13, 0.25, and 0.5
wt% xanthan solutions are presented in Figure 3. The majority
of bubbles were smaller than 0.5 mm, as can be concluded from
the 3 X 3 mm? zoomed area in Figure 3. This was characteristic

DOI 10.1002/aic 1679



QO

water
0.12 w-%
0.25 w-%
0.50 w-%
0.75 w-%
1.0 w-% 1
1.5 w-%
2.0 w-%
2.5 w-%

1 2 3 4 5
measured N
ng

g o
<

[

p7aN

predicted N
<

N
X
* 4+ xx3SpPJO0

Figure 2. Predicted (Egs. 26 and 27) vs. measured
gassed power number of mixing at varying
xanthan concentrations.

to all investigated solutions. Arithmetic mean bubble diameters
d,, varied with the xanthan concentration, agitation speed, and
gassing rate, being generally in the range 0.1-1.0 mm. The
number of 2-5 mm bubbles decreased with increasing xanthan
concentration, while the size of rare large bubbles increased
(Figure 3). The observed Sauter mean bubble diameters were
1.9, 2.6, and 8.2 mm; and the maximum bubble diameters 10,
20, and 30 mm in the 0.13, 0.25, and 0.5 wt% solutions,
respectively, just above the impeller plane (Figure 3). It seems
that bubble size increased less near the wall than inside the
dispersion. Bubbles of diameter 70-100 mm were observed to
burst out from the surface of dispersion at larger than 1 wt%
xanthan concentrations. The largest bubbles rose out in the
middle and near the impeller shaft, thus indicating that gas was
not completely dispersed.

Gas-liquid mixing is a complicated process, and a number of
phenomena are involved. This makes the model validation a
demanding problem. It is noted that creating similar turbulence
conditions or investigating bubble slip, breakage, and coales-
cence separately is difficult even in a simpler flow apparatus.
By making the experiments in a stirred tank, it can be ensured

that all relevant phenomena are involved. In addition, this
allows checking that model predictions are reasonable under
varying agitation conditions. By incorporating population bal-
ances for bubbles to the multiblock model, it is possible to
investigate local BSDs in a stirred tank. Unknown rate and
proportionality parameters can be adjusted by comparing
model predictions to the measured local BSDs. The effects of
vessel geometry should be avoided in the adjustment because
the scales, which are related to the physical phenomena, are
much smaller than larger scales, which are related to the stirred
tank. The larger scales are considered by dividing the vessel
into subregions. Subregions have been selected so that the
physical variables, such as turbulent energy dissipation and
shear rate in the physical models, remain nearly constant inside
a subregion. The resulting adjusted physical models should,
hence, be applicable for an arbitrary reactor geometry.

The manual adjustment of parameters C,-C, in Egs. 17-20
was preferred because few BSDs were measured and good
overall performance of the model was considered more impor-
tant than obtaining a good fitting for some specific experiment.
Even the manual adjustment produced fair agreement between
the simulated and measured BSDs. The surface tension was set
to 0.069 N/m in the coalescence efficiency model (Eq. 20). The
number of bubble size categories was 100 in the simulation.
The breakage rate parameter C; = 0.46 proposed by Luo and
Svendsen® resulted in too small Sauter mean bubble diameters.
A better agreement was obtained with C; = 0.14. A similar
observation was made earlier with agitated air-water systems.!°
The analysis showed that arithmetic mean bubble diameters
and number BSDs are sensitive to the daughter size distribution
(Eq. 18). A reasonable prediction was obtained only by setting
C, = 0.3 and assuming that B(d, — d,.d,) = B(d,d,) for d,’
= dp3/2. This means that the daughter size distribution is
skewed towards small bubbles and several small fragments are
generated in a breakage event. The predicted BSDs seemed to
be insensitive to the coalescence rate parameter C; in Eq. 19,
which was set to 0.88 according to the theory of turbulent
bubble collisions.?* The predicted Sauter mean and maximum
bubble diameters were sensitive to the parameter C, in the
coalescence efficiency model (Eq. 20). A value lower than
unity was needed to predict the presence of large bubbles

0.25 w-%

‘.= - 0.50 w-%

i
T

Figure 3. Effect of xanthan concentration on the bubble size above the impeller plane in the laboratory vessel (Q =

0.5 vvm, N = 390 rpm).

Scales in millimeters. [Color figure can be viewed in the online issue, which is available at www.interscience.wiley.com.]
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Figure 4. Measured (markers) and predicted (lines) cu-
mulative volume BSDs above the impeller
plane in the 194 dm® vessel (N = 390 rpm, Q =
0.5 vvm).

(20-100 mm). The value C, = 0.6 seemed to be most satisfac-
tory.

The measured and the simulated cumulative volume BSDs
from 0.13, 0.25, and 0.5 wt% xanthan solutions are compared
in Figure 4. The measurements are from the position just above
the impeller plane, which corresponds to subregion 7 in the
multiblock model for the laboratory vessel (Figure la). The
agreement is good for the 0.13 and 0.25 wt% solutions. The
deviation is larger for the 0.5 wt% solution. It is noted that
bubble size varies in a wide range in a highly viscous solution
(such as 0.5 wt%), thus making the reliable measurement of
volume BSDs difficult.

Figure 5 presents simulated BSDs in the vicinity of the
impeller shaft close to the liquid surface. The predicted max-
imum bubble sizes are ~60 mm at high xanthan concentra-
tions. This agrees well with the observation of bubbles that rose
out of dispersion. Even 40% of the gas volume is in bubbles of
size larger than 20 mm at high xanthan concentrations. The
fraction of stagnant bubbles of the total gas holdup increases
from approximately 20% in the 0.5 wt% solution to 40% in the
2.5 wt% solution. Khare and Niranjan3? have observed that
stagnant bubbles may constitute 70-80% of the overall gas
fraction in a stirred tank with CMC solutions, while Philip et
al.%> have reported 50% fractions for Newtonian liquids and
much less for a shear-thinning liquid in an internal-loop reac-
tor.

The measured and simulated local number and volume BSDs
and mean bubble diameters in the 0.25 wt% solution are
compared in Figures 6a and 6b. The agreement is good else-
where but not in the topmost point near the surface. A signif-
icant spatial variation is predicted. The bubbles are smallest in
the impeller region where turbulence intensities and breakage
rates are high. Above the impeller, bubble size increases from
the vessel wall towards the impeller shaft. This agrees with the

AIChE Journal May 2006 Vol. 52, No. 5

Published on behalf of the AIChE

1F asapaRRna,
n 0.8} (v)
[72] 5
m
)
£0.6f s
=
[o] I
- ~"13[ 15
§ 0-4 b 18 19
£ == 0.25 w-% n
3 Wi e 0.50 w-%
0.2 —— 1.00 w-% ]
—— 2.00 w-%
---- 2.50 w-%

0 10 20 30 40 50 60
bubble size [mm]

Figure 5. Predicted cumulative volume BSDs above the
impeller plane in the 194 dm® vessel (N = 390
rpm, Q, = 0.5 vvm).

observation that the largest bubbles rise in the middle and near
the shaft. Bubble size increases from the impeller plane to-
wards the surface. This becomes even more distinct at high
xanthan concentrations. The decreasing breakage rates and the
stagnant liquid layer near the surface of dispersion in a high
viscosity liquid seem to explain this. Visual observations con-
firmed that rising bubbles stop at the edge of this layer and start
to coalesce until the buoyancy becomes so large that they pass
through it. Another interesting observation was that rising
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Figure 6. Measured (markers with dashed line) and pre-
dicted (solid lines) local (a) number BSDs (0-1
mm bubbles) and d,,, (b) volume BSDs (0-22
mm bubbles) and dj, in the 194 dm?® stirred
tank (0.25 wt% xanthan, N = 390 rpm, Q = 0.5
vvm).

* In front of/behind impeller blade, # above/below impeller.
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bubbles tend to form trails. Such a trail is marked with an
ellipsoid in Figure 3. The injection of bubbles to a stagnant
xanthan solution showed that bubbles rise more rapidly in these
trails than they would rise alone.

The adjusted breakage and coalescence models predict phys-
ically reasonable variation of BSDs with the xanthan concen-
tration, stirring speed, and gassing rate. Care is, however,
needed when the model is used for the scale-up, because the
underlying physical mechanisms are not fully understood at the
moment. Compared to the semi-empirical bubble size correla-
tions, the prediction of local gas-liquid hydrodynamics, how-
ever, seems more realistic.

Gas Holdup.  Overall gas holdup was investigated based
on the change of liquid level. The measured gas holdups are
“dynamic,” including the gas that rises out within a few min-
utes after the agitation and gassing are stopped. Xanthan solu-
tions were prepared by diluting a strong xanthan solution to a
lower concentration. The smallest bubbles remained in the
liquid after the dilution so that their fraction of the overall gas
holdup could not be measured in all the experiments. Some
accumulation of small bubbles occurred also during the prep-
aration of the solution. Due to foaming and fluctuation of the
liquid surface, the absolute errors of gas holdup are *=1.5 vol%.
The fluctuation was strong especially at high xanthan concen-
trations, when large bubble slugs burst out of the dispersion.

The time dependence of gas holdup, which is typical for high
viscosity liquids,3? was investigated in some experiments. Gas
feed was started to a fresh solution, after which the liquid level
was detected until it remained unchanged. Reaching a steady
state required 5 minutes in a 0.25 wt% solution, 50 minutes in
a 0.5 wt% solution, and 55 minutes in a 1.0 wt% solution. The
fractions of stagnant bubbles of the overall gas holdup were
6.3, 28, and 36%, respectively. These are lower than Khare and
Niranjan3? observed in CMC solutions (70-80%). The simula-
tion results in Figure 5 agree with the gas holdup measure-
ments. The dependence of “dynamic” gas holdup on the xan-
than concentration is rather weak. It seems that increasing
bubble size compensates the lower bubble rise velocities due to
high liquid viscosity. Experiments indicate that gas holdup
decreases with increasing xanthan concentration at gassing
rates higher than 0.5 vvm and increases at lower gassing rates.
The decrease of impeller pumping capacity due to gassing
apparently explains this.

Gas holdup should be predicted accurately to ensure accurate
predictions of gas-liquid mass transfer. Measured and simu-
lated gas holdups are compared in Figures 7a and 7b with
xanthan concentration as a parameter. Overall, the agreement is
satisfactory, although scatter in the measurements is large.
Contrary to the experiments, a slight increase of gas holdup is
predicted with the increasing xanthan concentration also at
high gassing rates. The fact that the simulated gas holdups
include small stagnant bubbles, which were excluded from
most measurements, seems to explain the deviation. The pre-
dicted spatial distributions of gas holdup agree with the stirred
tank experiments of Vlaev et al.®? with 0.05-0.5 wt% xanthan
solutions. The locus of maximum gas holdup shifts towards the
impeller shaft with increasing xanthan concentration, while the
regions near the wall become a trap for small bubbles. In the
impeller region, gas holdup increases with liquid viscosity.

Oxygen Mass Transfer. Oxygen mass transfer was inves-
tigated in 0, 0.25, and 0.75 wt% xanthan solutions that mim-
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Figure 7. Predicted and measured gas holdups versus
(a) stirring speed and (b) gassing rate in the
194 dm?® stirred tank at varying xanthan con-
centrations.

icked the actual fermentation broth. The measurements with
0.75 wt% solutions proved to be most difficult, because poor
mixing around the oxygen probe due to high liquid viscosity
caused the increase of probe response time. For that reason,
mass transfer was not measured at higher xanthan concentra-
tions. A clear decrease of mass transfer rates was observed with
increasing liquid viscosity.

The model predictions were validated by comparing to the
measured concentration profiles of dissolved oxygen. The gas-
liquid mass transfer area was obtained from population bal-
ances for bubbles. Although lactose or electrolyte additives
were not used in the hydrodynamic and BSD experiments for
which the PB model was validated, the dependence of bubble
coalescence efficiency on the surface tension (Eq. 22) should
consider the effect of additives on the bubble size. The mea-
sured surface tension 0.042 N/m for the aqueous mixture of
additives and xanthan was used in the simulations.

It has been proposed in some studies that small bubbles are
not active for the mass transfer, because they are in the equi-
librium as a result of long residence time. In the present model,
all bubbles were assumed to be active for the mass transfer.
The analysis of Khare and Niranjan3? supports this assumption.
A reason for the active contribution of small bubbles could be
the continuous breakage and coalescence of small bubbles,
which causes the transfer of gas between small, stagnant bub-
bles and large bubbles.

The liquid side diffusion coefficients at infinite dilution were
calculated from the correlation of Wilke and Chang®® using the
viscosity of water to avoid unreasonably low diffusion coeffi-
cients. The gas side diffusion coefficients at infinite dilution
were calculated according to the Chapman-Enskog theory.%”
Gas-liquid equilibrium was obtained from Henry’s model with
salting-out correction.”®>° The effect of xanthan macromole-
cules on the gas-liquid equilibrium was neglected. The pre-
dicted Henry’s constants at 20°C are: water 1.34:10° Pa, oxy-
gen 4.23-10° Pa, and nitrogen 8.34:10° Pa. The best agreement
between the measurements and simulations was obtained with
Cs = 0.3 in Eq. 23. This value is the same as Kawase et al.>s
proposed for the agitated bioreactors.

Garcia-Ochoa et al.'” developed the following correlation for
actual xanthan fermentation broths:

P 0.6
kia=6.14-10"*- V9. (Vj) g (28)
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Table 1. The Comparison of Measured and Predicted Oxygen Mass Transfer Coefficients

k,a (1/s) (20°C)

Xanthan [wt%] Agitation Speed [rpm] Gassing Rate [vvm] Simulated Measured Garcia-Ochoa et al.!”
0.00 225 0.15 0.012 0.013 0.028
0.00 225 0.27 0.017 0.018 0.034
0.25 225 0.15 0.0031 0.0050 0.0038
0.25 225 0.27 0.0051 0.0048 0.0047
0.25 275 0.27 0.0071 0.0072 0.0071
0.25 330 0.27 0.012 0.010 0.010
0.25 390 0.27 0.017 0.013 0.015
0.25 312 0.70 0.015 0.011 0.011
0.25 449 0.70 0.024 0.031 0.024
0.75 225 0.27 0.0012 0.0030 0.0017
0.75 225 0.52 0.0020 0.0034 0.0018
0.75 390 0.62 0.0051 0.0070 0.0062
0.75 449 0.70 0.0082 0.0052 0.0088
1.0 390 0.5 0.0040 — 0.0049
2.0 390 0.5 0.0028 — 0.0037
1.0 250 0.5 0.0013 — 0.0019
1.0 450 0.5 0.0063 — 0.0067
1.0 390 0.2 0.0037 — 0.0043
1.0 390 0.9 0.0055 — 0.0063

which is based on the dissolved oxygen experiments with
dynamic technique in a 1.5 dm® fermenter. The authors state
that the correlation covers a wide range of xanthan concentra-
tions, but the actual range was not reported. The gassed power
consumption in Eq. 28 was calculated from Eqs. 26 and 27.
The effective viscosity was obtained from Eq. 7 by using the
well-known relation y = 11.5:N for the shear rate.

Model predictions are compared to the measurements from
the laboratory vessel and the correlation of Garcia-Ochoa et
al.'7 in Table 1. The simulated mass transfer coefficients k,a
have been obtained following the same procedure that was
applied to the measurements to allow the comparison.?! Mass
transfer coefficients were normalized to 20°C according to%:

k,a

1,02207 29

kpasyy =

Despite some deviation, the predicted mass transfer coeffi-
cients are in the same range with the measurements and the
correlation (Table 1). In view of the complexity of the inves-
tigated system, the agreement is satisfactory, indicating that
predicted mass transfer areas and coefficients are realistic. The
deviations cannot be attributed to any specific error source.

Fermenter simulations

Initial Conditions and the Setup of the Simulation. — The
multiblock model for the 0.64 m? pilot fermenter together with
population balances for bubbles, the gas-liquid mass transfer
model, and the xanthan fermentation kinetics of Garcia-Ochoa
et al.!” were used to investigate the dynamics of xanthan
fermentation. Water, carbon dioxide, oxygen, and nitrogen
were included as chemical compounds in gas and liquid. Bio-
mass (B), xanthan (X), carbon source (S), and nitrogen (N)
were scalar components in liquid. The BSDs were described by
40 bubble size categories. More size categories would slightly
improve the accuracy, but this is not critical in view of other
measurement or modeling uncertainties. It is also noted that
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computation times largely depend on the number of size cate-
gories.

Cui et al.%* investigated the power consumption in multiple
impeller agitated vessels. Their results showed that the bottom
impeller follows Eq. 27, while the following relation is more
suitable for the middle and top impellers:

QN <0.013

P, [1—37.6-Q,N,
{ QN > 0.013 (30)

P, 10.625 — 8- Q;N,

where Q;; is the local gas flow rate to the impeller. In the
multiblock model, Q;; is the local gas flow rate from subregion
30 to 26 and from subregion 17 to 13 for the middle and top
impellers, respectively (Figure 1b).

Xanthan fermenters are operated typically by increasing the
stirring speed towards the end of fermentation.!®!'7 The aim is
to ensure high xanthan reaction rates by minimizing the cavern
formation and maintaining the high levels of dissolved oxygen
(DO). Mixing and DO effects were investigated in two simu-
lation cases, named S1 and S2. In S1, stirring speed was kept
constant at 300 rpm during the fermentation batch. In S2, it was
increased gradually from 300 to 475 rpm to maintain the
mixture homogeneity and to ensure good mass transfer. Gas
feed rate was 0.4 vvm in both simulation cases.

Initial concentrations were selected based on experimental
xanthan fermentation studies.!?-!8:24 The initial concentrations
were for the carbon source 40 gC/L, biomass 0.06 gB/L,
nutrient 0.5 gN/L, and xanthan 0 gX/L. The dissolved gases
were assumed to be initially in equilibrium with the gas feed
(78.07% N,, 20.95% O,, 0.94% H,0, and 0.04% CO,). The
initial gas holdup and bubble size had no influence on the
results, because they rapidly reached a pseudo steady state at
the start of the simulation. The fermenter was assumed to
operate at the known optimal temperature of 28°C.!7 Henry’s
constants were estimated for the mixture, which includes the
major compounds of the optimized fermentation media (40 g/L
glucose, 2.1 g/L citric acid, 2.9 g/L. KH,PO,, 0.5 g/L. MgCl,,
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0.1 g/L Na,SO,, 0.5 g/LL NH,NO;, 0.2 g/LL HCL).'” The change
of Henry’s law constants during the fermentation was ne-
glected. Henry’s constants are at 28°C for H,0 2.78:10° Pa, N,
9.63-10° Pa, O, 4.99-10° Pa, and CO, 1.91-10® Pa. The surface
tension was set to 0.042 N/m.

Simulation was continued until xanthan concentration was
2.5 wt% in the fermenter. This corresponds to typical final
concentration (1.5-3 wt%) in conventional fermenters.!® In
case S1, the final concentration was reached within 70 hours,
while only 29 hours were needed in case S2. The simulation of
a 70-hour batch took approximately 4 days wall-clock time
with appropriate tolerances of integration. Long computation
times are caused mainly by the short integration time step. This
seems to be caused by the strong skewing of BSDs. Few large
bubbles constitute a significant fraction of the gas volume, but
their breakage rates are high, which necessitates short time
steps. Another reason for short time steps seems to be the
strong coupling of variables, i.e., that system of equations is not
sparse. The updating of physical properties, breakage and co-
alescence rates, slip velocities, mass-transfer fluxes and flow
fields also takes CPU time, although it is not done at every time
step.

Overall Performance of Fermenter. ~ The predicted overall
gas holdup was 8.6 vol% at the start of fermentation. During
the first 4 hours of fermentation, gas holdup first increased to
11 vol% and started to decrease when xanthan concentration
reached 0.2 wt%. In case S1 gas holdup decreased to 5.8 vol%,
and in case S2 to 6.0 vol% at the end. Machon et al.”® have
observed a similar turning point behavior of gas holdup with
increasing pseudoplasticity. The initial rise of gas holdup
seems to be caused by the accumulation of small gas bubbles;
while the generation of large bubbles, which have short resi-
dence times, explains the decrease of gas holdup towards the
end of fermentation.

The volume-averaged apparent viscosities of liquid in-
creased to 1.3 Pas (S1, 300 rpm) and 1 Pa-s (S2, 475 rpm) in
the 2.5 wt% xanthan at the end of the simulation. These
viscosities are not comparable to those obtained from the
approach of Metzner and Otto,%® which neglects the variation
of shear rates in the vessel. Local apparent viscosities varied
from 0.4 Pa's close to the impeller up to 1.8 Pa's in the
quiescent regions like at the bottom and near the surface.
Vessel-averaged Sauter mean bubble diameters increased rap-
idly from 1.9 mm to 10 mm during the period 4-10 hours from
the start-up, reaching 14 mm at the end of S1. The higher
stirring speeds in case S2 favored the bubble breakage, result-
ing in smaller bubbles (~8 mm) at the end of S2.

Some trends of vessel-averaged quantities during S1 and S2
are presented in Figure 8. During the first 4 hours of fermen-
tation, dissolved oxygen saturation is 100% (DO). After this,
DO decreases rapidly below 30% of the saturation. In case S2,
DO decreases more slowly due to gradual increase of stirring
speed from 300 rpm to 475. This can be seen as jumps in the
DO profile of S2. At constant stirring speed (S1), DO decreases
monotonically. The main reason is the increase of liquid vis-
cosity, which causes the increase of bubble size and decrease of
gas holdup so that the specific gas-liquid mass transfer area
decreases from approximately 280 to 25 m?*/m’(dispersion) in
S1 and 50 m*/m?*(dispersion) in S2. The simulated DO profiles
agree qualitatively with the pilot scale experiments of Amanul-
lah et al.’®
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Figure 8. Overall performance of xanthan fermenter in
simulation cases S1 and S2.

Oxygen transfer rates (OTR) (Figure 8) depend on the mass
transfer coefficient, mass transfer area, and driving force, i.e.,
the departure from the equilibrium. The OTR is small at the
start of fermentation because microbial concentration and ox-
ygen consumption are small, but it increases rapidly, reaching
a maximum (4-7 mmol/L/h), and decreases then slowly to-
wards the end. The experiments of Garcia-Ochoa et al.'”
showed a similar trend. The decline of OTR results from the
mass transfer limitation, which decreases DO, resulting in
smaller biomass growth and xanthan production rates. The
OTR starts to fluctuate when the broth becomes viscous. The
frequency of fluctuation deviates from the updating frequency
of flow fields and physical properties and seems to be caused
by the numerical behavior of the model.

The comparison of S1 and S2 in Figure 8 shows the positive
effect of stirring speed on the fermentation. The productivity of
xanthan in S1 is 0.35 gX/L/h and much smaller than 0.88 gX/L/h
in batch S2. The maximum biomass concentration is reached
within 25 hours. The present model does not take into account the
effect of cell damage on the biomass growth or xanthan produc-
tion rate under high shear conditions such as in S2. It is noted that
cells may become less sensitive to shear at high viscosities due to
the protective viscous layer around them.”!

The carbon dioxide concentration is measured typically from
the fermenter off-gas, because it reflects the cell respiration.'® The
predicted dissolved carbon dioxide (DCO) showed similar but
opposite trends compared to the DO. During the first few hours,
DCO was 100% of the saturation, indicating that there was no
mass transfer limitation. After this, DCO increased slowly to
170% of the saturation in S1 and to 150% of the saturation in S2
towards the end of the simulation, thus indicating that a mass
transfer limitation exists for carbon dioxide as well.

From the process operation point of view, it is interesting to
know how rapidly DO goes to zero, when gas feed is stopped.
This may be helpful for evaluating the consequences of a
process malfunction. The sensitivity of DO was investigated by
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Figure 9. Effect of gas feed turn-off on the vessel-aver-
aged dissolved oxygen concentration (solid
line) and the xanthan reaction rate (dashed
line) in the 0.64 m® fermenter (cx = 1.1 wt%,
N = 350 rpm, Q = 0.4 vvm).

stopping the gas feed for a moment, when xanthan concentra-
tion was 1.1 wt% and Oxygen Uptake Rate (OUR) 5 mmol/L/h.
The simulated DO and xanthan reaction rate profiles are pre-
sented in Figure 9. Within one minute, the oxygen concentra-
tion decreases below the critical oxygen level of 10 sat%.!8 All
oxygen is consumed within 1.5 minutes. After the restart of the
gas feed, the DO and the xanthan reaction rate recover more
slowly compared to the decline period. The simulation shows
the sensitivity of xanthan fermentation to the gas feed.

Local Mass Transfer and Reaction Conditions.  Earlier
studies have shown that poor mixing results in inhomogeneous
reaction conditions in xanthan fermenters.!>1-1° The present
simulations allowed investigating mixture inhomogeneities
during the fermentation batch. The inhomogeneity can be eval-

uated based on the relative standard deviation of an interesting
quantity s from:

s _1 f'V:BI(Si_E)2 31
D_E NB @1

Another statistical parameter that characterizes the inhomo-

geneity is the spatial autocorrelation defined according to
Geary’s ratio:

NB — 1 MM cylsi— )’
GR = — (32)
23M 3 ¢y S (s;—5)?

where ¢;; is the binary connectivity matrix of multiblock model
subregions. Element ¢;; is unity if there is a connection between
i and j and zero otherwise. The variation of an interesting
quantity is smooth when GR is near to zero, while spatial
gradients increase with increasing values of GR.

The SD and GR were calculated for the xanthan reaction rate
and are presented in Figures 10a and 10b. The mixture is more
homogeneous at large (S2) than at low (S1) stirring speed. This
shows that the model predicts the effect of stirring speed on the

AIChE Journal May 2006 Vol. 52, No. 5

0.4

0.3

)

SD(ry!

S1

S2

0 10 20 30 40 50 60 70 po 10 2 30 4 5 60 70
a time [h] time [h]

Figure 10. Spatial (a) standard deviation and (b) autocor-

relation (Geary’s ratio) of xanthan reaction
rate in the 0.64 m?® pilot fermenter.

mixture inhomogeneity. In S1, the standard deviation reaches a

maximum during the period 10-20 h, when reaction rate is

largest (Figure 8). The maximum of SD results from the

gas-liquid mass transfer limitation. Reaction rates are largest at

the bottom of the reactor near the gas injection point and in the

impeller regions where oxygen transfer is most effective. The
values of GR show that spatial gradients increase in the reactor
towards the end of fermentation.

The spatial distribution of mass transfer and reaction condi-

tions was investigated by taking some ‘“‘snapshots” from dif-
ferent stages of fermentation. The first “snapshot” is from S1 at
the time 20 h, when xanthan concentration is 1.2 wt% and the

standard deviation of reaction rate is large (Figure 10a). The

second “snapshot” is from S1 at the end of fermentation (t =
65 h, cx = 2.4 wt%), when local spatial gradients are signifi-
cant (Figure 10b). The last “snapshot” is at the end of S2 (t =
24 h, cx = 2.2 wt%) at stirring speed N = 475 rpm (¢ = ~4
W/kg).

Figure 11 shows the strong inhomogeneity of bubble sizes in
the reactor. Bubbles are generally smallest in the impeller
region and in the impeller discharge stream, i.e., between the
impeller tip and the vessel wall. The largest bubbles exist in the

S§1,t=20h,C =1.2w-% S1,t=65h, C,=2.4 w-%
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Figure 11. Predicted distribution of Sauter mean bubble

diameters (d5,, mm) in the 0.64 m® fermenter.
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Figure 12. Predicted distribution of oxygen transfer co-
efficients (k_a, s™") in the 0.64 m® fermenter.

middle between impellers and in the vicinity of the liquid
surface, where apparent liquid viscosities are high. This indi-
cates that bubbles must coalesce before they can rise through
the stagnant layer of highly viscous liquid. High gas fractions
favor bubble coalescence, resulting in large bubbles below the
bottom impeller where gas is injected. Low apparent viscosities
and high breakage rates explain the smaller bubbles in S2 than
in S1 at the end of fermentation. An exception is the bottom of
the reactor, where large bubbles are not transported at low
stirring speed (S1).

The spatial distribution of volumetric oxygen transfer coef-
ficients is presented in Figure 12. Local mass transfer coeffi-
cients are calculated from:

Noyay,

CL,r(-xl,()Z - Xk,oz)

kia = (33)

Figure 12 shows that mass transfer coefficients are largest in the
impeller region and in the impeller discharge flow where the
gas-liquid interfacial area and turbulence intensity are largest.
Oxygen transfer coefficients are smallest in the regions where
apparent viscosity and bubble size are largest, i.e., at the bottom,
in the middle, and near the shaft between the impellers, and near
the surface of dispersion, as expected. Mass transfer coefficients
are larger in S2 than in S1 at the end of fermentation. Statistical
analysis indicates that OTR is more homogeneous in S2 (SD =
0.97,t = 24 h) than in S1 (SD = 1.3, t = 65 h).

Local values of DO in Figure 13 are defined as a percentage
of the saturated concentration at pressure 1.013 bar, tempera-
ture 28°C, and oxygen mole fraction 0.2095 in the gas. The DO
decreases from the bottom towards the surface of dispersion in
all simulations. This is caused mainly by the decrease of
oxygen partial pressure from the bottom towards the surface. It
is noted that local DO depends complicatedly on the mass
transfer coefficient, reaction rate, flow field, and driving force
for mass transfer. Axial variations are evolved, especially in
case S1. Due to low liquid flow rates, DO is not convected
efficiently to the top of the fermenter. In case S2, high liquid
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Figure 13. Predicted distribution of dissolved oxygen
concentrations (DO, sat%) as a percentage of
the saturation in the 0.64 m® fermenter.

flow rates result in more homogeneous DO. The spatial varia-
tion of DO is smaller compared to some earlier studies.®® This
may result from the smaller number of subregions in the
multiblock model, different vessel size, or varying agitation
conditions in the present simulation case. Another reason could
be the assumption of constant bubble size in earlier studies.
Tiny bubbles (<1 mm) predicted by the population balance
model have low slip velocities and they are transported to the
quiescent zones of the reactor even at low liquid flow rates. In
the present model, small bubbles are assumed to be effective
for the mass transfer as a result of the continuous breakage-
coalescence process. This seems to explain the rather smooth
variation of DO in the fermenter.

The spatial distribution of the xanthan reaction rate is very
similar to the DO (Figure 14). Reaction rates are largest at the
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Figure 14. Predicted distribution of xanthan reaction
rates (ry, gX/L/h) in the 0.64 m® fermenter.
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bottom of the reactor and in the impeller discharge flows. High
reaction rates near the wall seem to result from the convection
of the DO with the impeller discharge flow and the transfer of
oxygen from tiny bubbles. Xanthan reaction rates decrease
most clearly in the quiescent zones of the reactor towards the
end of fermentation (S1, t = 65 h).

Conclusions

A dynamic multiblock model was created for the agitated
xanthan fermenter and laboratory stirred tank. The change of
flow fields was related to the xanthan concentration based on
CFD simulations. Local gas-liquid mass transfer areas were
modeled with adaptively discretized population balances for
bubbles. Gas-liquid mass transfer fluxes were obtained from
the simplified solution of Maxwell-Stefan multicomponent dif-
fusion by assuming mass transfer resistances in both the gas
and liquid side. The reactor model is computationally efficient,
allowing the simulation of a whole fermentation batch, which
is not possible with CFD at present computational capabilities.

The population balance and gas-liquid mass transfer models
were validated against hydrodynamic and oxygen transfer ex-
periments from aqueous xanthan solutions in a laboratory
stirred tank. The results show that local bubble size distribu-
tions (BSD) are needed to describe complex gas-liquid hydro-
dynamics and mass transfer accurately in a highly viscous,
non-Newtonian dispersion. In view of the complexity of the
investigated system, the agreement between the simulations
and experiments is good.

Dynamic simulations of a pilot fermenter revealed the
change of mixture homogeneity during the fermentation batch.
The results agree with the experimental studies of xanthan
fermentation and indicate that oxygen transfer and poor mixing
are bottlenecks in this process. It seems that modeling uncer-
tainties of one phenomenon do not affect the overall predic-
tions much, because several phenomena, such as mixing and
mass transfer, limit the reactor performance simultaneously.
The model predicts the effect of operating conditions on the
temporal and spatial variation of BSDs, mass transfer coeffi-
cients, dissolved oxygen concentrations, and xanthan reaction
rates in the fermenter. It can be used to investigate fermenter
operating strategies. The model is also useful for the scale-up
studies.
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Notation

7 = unit vector in axial direction
a, = specific mass transfer area, m*/m>(liquid)
#(V /2) = index number of size category of characteristic volume
\¥
abe = adj'/ustable parameters in the multiblock model
A, = the surface area of bubble, m?
A, = area of the bubble projection on the orthogonal plane of
bubble flow, m?
A, = area over which the liquid flows from subregion i to j,

m2

AIChE Journal May 2006 Vol. 52, No. 5

b(d;) = bubble growth due to mass transfer, 1/s

B(d,) = volumetric bubble growth rate due to mass transfer,
m’/s
Co2 Ccp» = concentration, mol/L

Cp Cxs Cgy Cn

concentration, g/L

c; = binary connectivity between subregions i and j (= 1 if
connected, =0 otherwise)
C,-Cs = adjustable model parameters
C, = bubble drag coefficient
d = bubble diameter, m
d,, = arithmetic mean bubble diameter (=Xd;/2i), m
d;, = Sauter mean bubble diameter (=2d;*/ 2d;%), m
D, = liquid phase diffusion coefficient, m*s
D, = impeller diameter, m
DO = dissolved oxygen
DCO = dissolved carbon dioxide
E(d) = aspect ratio of bubble
F; = liquid flow rate from subregion i to j, m*/s
F*,.j = impeller speed independent liquid flow rate (= F,/

N-D;)

f = breakage volume fraction

= acceleration due to gravity (= 9.81 m/s?)

g
g(d,) = breakage frequency, 1/s
GR

H =
He =

Geary’s ratio, dimensionless
vessel height, m
Henry’s constant, Pa
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h(a;,a,) = coalescence frequency, m?/s
h = solubility parameter, L/mol
K = consistency index in power law viscosity model, kg's" ~
2/m
k, = mass transfer coefficient in the liquid film, m/s
k,a = overall mass transfer coefficient, 1/s
Mo = Morton number (g-u¢* / (pcr0~))
N = stirring speed, 1/s
n = flow index
NB = number of multiblock model subregions
NC = number of chemical compounds
NI = number of ionic species
N,, = mass transfer flux, mol/m?/s
NP = number of bubble size categories
N, = power number (P/(pc"D;°N?)
NS = number of scalars
OTR = oxygen transfer rate, mmol/L/h
P = mixing power, kg'm*/s*
Q = gassing rate, m*/s
I Tepr = reaction rate, mol/L/h
Iy Iy, I's, Iy = reaction rate, g/L/h
Re = bubble Reynolds number (= d-Ugy; o/ tegr)
Re, = impeller Reynolds number (= D;*N-pc/phegp)
s = variable
SD = relative standard deviation, dimensionless
T = vessel diameter, m
t = time, s
U = bubble velocity, m/s
v = bubble volume, m*
V, = volume of a subregion, m*
Vg = superficial gas velocity, m/s
V, = vessel volume, m*
V,, = partial molar volume of component, m*/mol
vvm = m>(gas)/m>(liquid)/min
We = Weber number (= pod>>e?3/0)
x = component mole fraction in liquid phase
y = component mole fraction in gas phase
Y, = number bubbles k per unit volume, 1/m?

Greek letters

pld;.d,) = ll);obability that a bubble of size d, is formed when d,, breaks,
m
vy = shear rate, 1/s

Ad = the width of bubble size category, m
& = dissipation rate of turbulent energy, m%/s*
¢ = gas volume fraction

M., = apparent viscosity at infinite shear, kg/m/s
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A = viscosity model parameter, s 14.

A(dy.d,) = coalescence efficiency

A4 = size of turbulent eddy, m 15
Vp = dynamic pressure gradient, kg/m?*/s*
& = ratio of minimum eddy size and bubble size 16.
o = surface tension, kg/s”
0 = temperature, °C
Pp, pc = density of dispersed and continuous phase, kg/m? 17.
7 = relaxation parameter of the extra volume in a subregion. s
18

Subscripts
0 = initial concentration or volume 19
B = biomass, bulk composition

CO2 = carbon dioxide
g = gassed 20.
G = gas phase
I = composition at gas-liquid interface

i, j, n = index of multiblock model subregion 1.

k, p = index of bubble size category
L = liquid phase

m = index of chemical compound 2.
min = minimum

mix = fermentation mixture 23
N = nutrient

02 = oxygen
S = carbon source
t = total concentration 24
u = ungassed '
X = xanthan
25.
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